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Abstract

A numerical study is performed in order to evaluate the performance and optimal operating condi-
tions of ßuidized bed pyrolysis reactors used for condensable tar production from biomass. For this
purpose, a previously validated biomass particle pyrolysis model is coupled with a detailed hydro-
dynamic model for the binary gas particle mixture. The kinetics scheme is based on superimposed
cellulose, hemicellulose, and lignin reactions. Any biomass feedstock can be simulated through
knowledge of its initial mass composition with respect to these three primary components. The
separately validated hydrodynamic model is based on a three ßuid model (gas, sand, and biomass)
derived from the kinetic theory of granular ßows. Separate transport equations are constructed for
each particle class, allowing for the description of such phenomena as particle segregation and for
separate temperatures for each particle class. The model is employed to investigate the effect of
various operating conditions on the efÞciency of tar collection in ßuidized bed reactors. Results
indicate that, at Þxed particle size, the operating temperature is the foremost parameter inßuenc-
ing tar yield. The biomass feed temperature, the feedstock, and ßuidization velocity magnitude, all
have minor impact on the yield. The particle diameter has a considerable inßuence on the short-
time tar yield, but it is inferred that it may a more moderate inßuence on the steady-state tar yield.



For the range of ßuidizing gas temperatures investigated, optimum steady-state tar collection is
obtained for 750 K under the assumption that the pyrolysis rate is faster than the feed rate; the
predicted optimum temperature is only slightly higher if this assumption is not satisÞed. Finally,
scale up of the reactor is addressed and is found to have a small negative effect on tar collection at
the optimal operating temperature. It is also found that slightly better scaling is obtained by using
shallow ßuidized beds with higher ßuidization velocity.

Introduction

The interest in clean hydrogen fuel production has triggered substantial activity in high tempera-
ture biomass pyrolysis in many countries. The aim of these activities is to obtain a process that
maximizes tar yield while simultaneously minimizing char formation. Biomass pyrolysis involves
the heating of raw biomass in the absence of an oxidizer in order to extract reaction products for
subsequent processing. Among several reactor geometries, the vortex reactor and the ßuidized
bed reactor were the subject of research activities at the National Renewable Energy Laboratory
(NREL), being potentially attractive as commercial pyrolysis devices. The vortex reactor was the
subject of an earlier study (Miller and Bellan1998) accomplished by coupling a detailed model for
pyrolysis to a fundamental ßuid dynamics model of the vortex reactor. A similarly fundamental
and detailed study of the pyrolysis conditions in a bubbling ßuidized bed is not available in the
literature.

The ßuidized bed reactor consists of a cylindrical vessel partially Þlled with sand. The sand�s main
purpose is to provide a large heat reservoir to keep the mean temperature of the bed constant. In
turn, heat has to be provided to the biomass, as the pyrolysis is an endothermic process. This
is achieved by heating the walls of the reactor and by injecting hot steam or nitrogen which is
further used to ßuidize the mixture, while also preheating it. The ßuidizing gas induces a violent
gas and solid ßow pattern in the reactor, with both locally dense and void particle regions. An
overall circulative complex ßow occurs, explaining the excellent mixing behavior of ßuidized bed
reactors. Fresh, relatively cool, biomass is injected into the reactor through a feeding mechanism in
the wall, or directly into the bed using an injection �rod�. After the biomass is fed into the reactor, it
partially mixes with the sand and heats up. As heating progresses, the particles pyrolyze and eject
product gases (tar and gas; gas denotes here the collection of gaseous products complementary to
tar) while at the same time forming char which maintains the particle matrix. Product gases mix
up with the ßuidizing gas and are transported towards the reactor exit after which they are cooled
to prevent product degradation, making collection of the condensable tars possible. To prevent
degradation of product tars within the reactor it is important to achieve small residence times for
the gaseous pyrolysis products. Finally, remaining particles containing char erode to smaller size
grains and are carried out of the reactor by the gas ßow. This self cleaning feature makes ßuidized
bed reactors especially suited to continuous operation.

In spite of the attractive simplicity of the reactor design, no thorough analyses are available of
ßuidized pyrolysis reactors addressing issues such as efÞciency, optimal operating conditions and
scale up for commercial use. Although the literature addressing the modeling of the biomass ßu-
idized bed reactor is virtually absent, experimental studies (Scott and Piskorz 1982, 1984) have
shown its potential for condensable tar production. These studies, however, have primarily fo-
cussed on bench and pilot scale setups, not focusing on commercial size operation.



In this paper, we present quantitative results from numerical simulations of both pilot scale and
commercial scale ßuidized bed reactors under viable operating conditions. These simulations are
obtained from the coupling of a realistic biomass kinetics model with a detailed hydrodynamic
model for the gas/particle mixture. Of particular interest are a quantitative assessment of paramet-
ric effects, optimal conditions, and scaling potential. The individual submodels, i.e. kinetics and
hydrodynamics, have been appropriately validated against experimental data in previous publica-
tions (Miller and Bellan 1997; Lathouwers and Bellan 2000). Favorable comparisons for these
submodels lends support to conÞdence and validity of the overall model.

The paper is organized as follows: A summarized description of the kinetics and hydrodynamic
submodels is given in Section 2; more details are available elsewhere (Lathouwers and Bellan
2000, 2001). Section 3 describes the speciÞcs of the ßuidized bed reactor under consideration
and contains the reactor simulation results and parametric studies. The parameters studied are the
ßuidizing gas temperature, initial biomass particle temperature, feed stock, ßuidization velocity
magnitude, particle size and reactor scaling. A summary and conclusions are provided in Section
4.

Model formulation

As previously stated, the model developed by Lathouwers and Bellan 2001, consists of coupled
submodels of the biomass kinetics and of the hydrodynamics of the gas particle mixture. The
succinct description of these submodels is addressed below.

Single particle biomass pyrolysis model

The particle pyrolysis model employed here is that of the detailed kinetics derived by Miller and
Bellan 1997, based on superimposed cellulose, hemicellulose, and lignin reactions. This enables
the simulation of different biomass feedstock through knowledge of the initial mass composition
with respect to these three primary components; biomass impurities are lumped with the hemicel-
lulose as this model correlated best with the experimental data. Each of the virgin components
undergoes the same generic competitive reaction scheme:

virgin(s)
K1−→ active(s) (1)

active(s)
K2−→ tar(g)

active(s)
K3−→ Xchar(s) + (1−X)gas(g)

tar(g)
K4−→ gas(g).

As indicated in the above kinetic scheme, the virgin components, the active intermediates and
the char are solid phase species, while tar and gas are vapor products; these species are not pure
chemical species but instead represent groups of compounds. All reactions are modelled with Þrst
order Arrhenius kinetics; Ki = Ai exp(−Ei/RT ), where the rate constants, Ai, activation ener-
gies, Ei for reactionsK1,K2,K3 and the mass ratioX are dependent on the particular component,
whereas all heats of reaction and secondary tar decomposition parameters (K4) are independent of
the source component.

This kinetic model combined with a porous particle ßow dynamics model yielded validated pre-
dictions on tar/char yields ranging from the kinetically controlled regime (micro particles) to the



diffusion controlled limit (macro particles), c.f. Miller and Bellan 1997. In the present paper, for
simplicity, the biomass pyrolysis is assumed kinetically controlled. This assumption may be jus-
tiÞed in the dense particulate regime where contact between particles may induce fragmentation
(see Miller and Bellan 1998 for a fragmentation model) and reduce the size of the particles to the
point where the internal temperature equilibrates rapidly. Thus, the particle temperature, its mass
and composition (global solid mass fractions) completely describe the state of the particle.

The sand and biomass particles are both solid and hence thermodynamically belong to the same
phase. They, however, have different physical properties and different temperatures, etc. In par-
ticular, the biomass particles are porous whereas the sand particles are not. Therefore we solve
separate equations for these particle classes.

Hydrodynamic model

The hydrodynamic model describing the dynamics of the gas particle mixture is that derived by
Lathouwers and Bellan.2000 In previous papers (Lathouwers and Bellan 2000, 2001), the model
was applied to a variety of test cases in order to quantify its predictive capabilities. These included
(i) comparison of the stresses generated by the shearing of a homogeneous particle mixture, (ii)
comparison of the particle pressure generated along the wall of a bubbling ßuidized bed, (iii)
the characteristic behavior of monodisperse and binary homogeneously ßuidized beds, and (iv)
biomass particle pyrolysis in a ßuidized bed reactor. Here, we give a brief description of the
model, referring the reader for full details to the derivation of Lathouwers and Bellan 2001.

The hydrodynamic model is based on a three ßuid model description where macroscopic trans-
port equations are derived from the kinetic theory of granular ßows using inelastic sphere models,
thereby accounting for collisional transfer in high density regions. Separate transport equations are
constructed for each of the particle classes, allowing for the independent acceleration of the parti-
cles in each class and the interaction between size classes, as well as for the interaction processes
whereby momentum and energy are exchanged between the respective classes and the carrier gas.

DeÞnitions and averaging

The continuum model was derived by Lathouwers and Bellan 2001 applying separate averaging
procedures to both the carrier gas and solid phases. A phase ensemble average was used for
the carrier phase, combined with a particle ensemble average where particle properties, such as
velocity, are directly averaged. This procedure is attractive when resolution of the detailed degrees
of freedom of the particles (e.g. internal temperature proÞles or proÞles of the internal chemical
composition) is undesirable or unnecessary.

The general ensemble average of a Þeld quantityΨ(x, t), (x, t denoting space and time coordinates)
is

< Ψ(x, t) >=

!
Ψ(x, t)P (Π)dΠ (2)

where P (Π) is the probability that a speciÞc realizationΠ is encountered in the ensemble. The gas-
phase ensemble average and its density-weighted counterpart are deÞned (Drew 1983) as Ψ ≡<
χgΨ(x, t) > /αg and "Ψ ≡< χgρgΨ(x, t) > /αgρg, where ρg is the gas density, χg denotes the
phase indicator of the gas phase which is unity in the gas phase and zero otherwise, and the gas



phase fraction, αg, is deÞned as the ensemble average of the indicator function, i.e. αg =< χg >.
Average transport equations for the gas phase then follow by multiplying the local instantaneous
equations (the Navier Stokes set supplemented with energy and species equations) by the phase
indicator and ensemble averaging.

The transport equations for the solids were derived similarly to those for dense gases, using kinetic
theory concepts. Important differences from classical kinetic theory are the inelasticity of colli-
sions between macroscopic particles leading to dissipation, and the presence of an interstitial gas
exerting drag on the particles, which leads to interaction terms in the averaged transport equations.

Let f (1)i (x, c, Yξ, T,m, t) denote the single particle distribution function of particle class i such
that f (1)i is the probable number of particles of class i having their center of mass in the region
[x,x+ dx], a velocity in the region [c, c+ dc], mass in the region [m,m+ dm], mass fractions in
[Yξ, Yξ + dYξ], and temperature in [T, T + dT ]. With this distribution function, a particle average
is introduced as an integration over the phase space

Ψi(x, t) =
1

ni

!
ΨifidcdYξdTdm. (3)

Here ni denotes the number density of the solid class i, and is deÞned as

ni(x, t) =

!
fidcdYξdTdm. (4)

It is also convenient to introduce mass weighted averages

"Ψi(x, t) = 1

αiρi

!
miΨifidcdYξdTdm (5)

where αiρi = nimi =
#
mifidcdYξdTdm. This deÞnition of the mass-weighted particle average

is completely comparable to that used for the carrier phase and leads to more convenient forms of
the macroscopic equations (see below).

Here, αi denotes the local phase fraction of class i (where pores are excluded, i.e. are counted as
part of the gas phase) and ρi its corresponding average particle density. We also introduce equiv-
alent deÞnitions for $αi and $ρi where the pores of the particles are counted as volume belonging
to the particle. Note that αiρi = $αi$ρi. Mass weighted averages are also denoted by brackets, i.e.
< Ψ >i≡ "Ψi in the equations below. Using the above deÞnitions we deÞne the average velocity
ui =< ci >, the ßuctuation velocity component, Ci = ci − ui, and the granular temperature,
Θi =

1
3
< C2i >. The granular temperature plays a crucial role in the determination of the trans-

port properties of granular ßows and may be interpreted similarly to the temperature of a normal
gas (see e.g. Campbell 1990).

The solidity of a particle, η = 1− %, where % is the porosity of a particle, is deÞned as the ratio of
the volume displaced by the particle and the volume displaced by the particle had its pores been
closed. The solidity is then easily shown to equal

ηi =
mi

Vi

% Yξ
ρξ

(6)

where Vi is the total volume of a particle (including its pores). In the present case of biomass
pyrolysis, we assume that the particle diameter stays constant throughout the pyrolysis, and that



the porosity of the particle simply increases in time (Miller and Bellan 1997). This assumption is
correct when the particle does not break or erodes.

Macroscopic equations

Mass

The mass conservation equation for the gas phase is

∂(αρ)g
∂t

+∇ · (αρ"u)g = Γg (7)

where α, ρ, and u denote the volume fraction, density and velocity respectively. The term on the
right hand side, Γg, represents the mass transfer rate originating from pyrolysis.

Similar equations can be derived for each solid class i through the formalism stated earlier:

∂(αρ)i
∂t

+∇ · (αρu)i = Γi (8)

where the mass transfer rate for each solid class is related to the average mass reduction of all
particles in the speciÞc class, Γi = αiρi < 1

mi

dmi

dt
>, which may in turn be related to the average

conversion rate of solid to gas-phase reactions Γi = αiρi
&

ξ < Ri,ξ >, with Ri,ξ denoting the
total reaction rate for particle class i and species ξ. For inert particles, this term is absent. For
consistency we require Γg +

&
i Γi = 0.

Momentum:

After some mathematical manipulations and modeling (see Lathouwers and Bellan, 2001), the gas
phase momentum equation can be written as

∂(αρ"u)g
∂t

+∇ · (αρ"u"u)g = −αg∇pg+∇ ·2αgµgSg+αgρgfg+%
i

αiρi
τ i,12

(ui− "ug)−%
i

Γiui (9)

where pg is the thermodynamic pressure, Sg denotes the strain rate tensor Sg = (∇"ug+∇"uTg )/2−
(∇ · "ug)/3, µg is the shear viscosity, fg is the gravitational acceleration and τ i,12 is the ßuid particle
interaction time scale. The terms on the right hand side denote the pressure gradient force, shear
stresses, gravitational body force, the force exerted on the gas phase by drag on the particles and
Þnally, the effect of mass transfer on the momentum of the carrier gas.

The thermodynamic pressure, pg, is related to the gas phase temperature, Tg, and density, ρg,
through the average equation of state

pg = Ruρg
%
ξ

"Yξ
Wξ

"Tg (10)

where Ru denotes the universal gas constant, andWξ is the molecular weight of species ξ.

The gas-particle interaction time scale, τ i,12, depends strongly on the ßow regime; in the dilute
regime it is derived from the drag coefÞcient, Cd, of a single particle in an inÞnite medium, em-
pirically corrected for the presence of other surrounding particles by a function f(αg) = $α−1.7g



(e.g. Gidaspow 1986) whereas in the dense regime the classical Ergun relation is used. To avoid
discontinuous behavior, a weighted average of the two time scales is introduced

1

τ i,12
=W

3ρgCd(Rei)

4ρidi
|ui − "ug|f($αg) + (1−W )ρg

ρi

'
(1− $αg)150

Rei
+ 1.75

( |ui − "ug|
di

(11)

where the present switch function,W ($αg) = arctan(150($αg− 0.8))/π+1/2, gives a rapid transi-
tion from one regime to the other. di is the diameter of the particle andRei is the Reynolds number
based on the relative velocity with the gas, Rei = $αgρg|ui − "ug|di/µg. The single particle drag
coefÞcient Cd is determined from the well-known correlation (Schiller and Nauman 1935)

Cd =
24

Rei
(1 + 0.15Re0.687i ). (12)

In the modeling of the momentum transfer associated with mass transfer from solid to gas phase,
it has been assumed that ßuctuations in the particle velocity are negligible.

The averaged momentum equation for each solids class is

∂(αρ"u)i
∂t

+∇ · (αρ"u"u)i = −$αi∇pg−∇ · (Σi+Σfi )+αiρifg+ αiρiτ i,12
("ug−ui)+φi+Γiui. (13)

This equation contains similar terms when compared to its gas phase counterpart, i.e. a mean
pressure gradient, a drag term having the reverse sign compared to that in the gas phase equation,
and a mass transfer related term. Terms unique to the solid�s equation are the solid stress tensors,
Σi and Σfi , and a collisional source term, φi which represents the momentum exchange among
the various solid classes due to collisions. Note, however, that both collisions between particles
from the same class and collisions between particles from different classes contribute toΣi, while
φi only contains contributions from collisions between unlike particles. Closure relations for these
terms, derived by Lathouwers and Bellan 2001, are provided below.

Collisional models determining Σi are restricted to the region where particles interact exclusively
through slightly inelastic, short duration, collisions. However, as the volumetric fraction ap-
proaches the maximum packing volume fraction (i.e. in the dense particle packing regime), αmax,
particles will, increasingly, be in simultaneous contact with several neighbors and stresses will be
transmitted at points of sustained sliding or rolling contact. Considering the high particle volume
fraction in a bubbling ßuidized bed, the solid�s momentum equations include a speciÞc frictional
stress term, Σfi , that prevents the particles from overpacking even when collisions are absent (for
vanishingly low granular temperature). The proposed model consists of a simple relationship be-
tween stresses and strains: Σfi = −pfi I + 2µfi Si for α > αmin where αmin is the minimum solids
fraction at which frictional transfer becomes inßuential. Experimental observations indicate that
the frictional normal stress increases rapidly with bulk density and diverges as αmax is approached.
A simple algebraic representation of this behavior is (c.f. Anderson and Jackson 1992)

pfi =
αiρi&
αiρi

Fr
($α− αmin)p
(αmax − $α)n (14)

where Fr is a material constant. The frictional viscosity, µfi , is related to the frictional pressure and
the angle of internal friction, φ, as µfi = p

f
i sin(φ)/2

√
I2 where I2 denotes the second invariant of

the strain rate tensor. The following values for the parameters have been used in the present work:



p = 2, n = 5, Fr = 0.005, αmin = 0.6, αmax = 0.64, and φ = 25 degrees (see Lathouwers and
Bellan 2000).

Species:

Applying the averaging formalism to the gas phase species equations, one obtains

∂(αρ"Yξ)g
∂t

+∇ · (αρu"Yξ)g = ∇ · αgρgDξ∇"Ygξ + αgρg "Rgξ +%
i

αiρi < R
s→g
i,ξ > (15)

Here, we have neglected turbulent transport in the gas phase (see Lathouwers and Bellan, 1999
for an outline of a turbulence model). The Þrst term on the right hand side represents molecular
diffusion and Dξ is the diffusion coefÞcient (multicomponent ßuxes are neglected); the second
term is the average production rate of specie ξ due to gas phase reaction; whereas the Þnal term
denotes the mass source for a particular component due to solid�s reactions, converting solids to
gas.

For the species in each solid class, a similar equation is obtained

∂(αρ"Yξ)i
∂t

+∇ · (αρu"Yξ)i = ∇ · (αiρiDii∇"Yiξ) + Γiξ. (16)

The Þrst term on the right hand side denotes the diffusion of species due to ßuctuations in the
velocity of the solids. Dii is calculated as the self diffusion coefÞcient which is directly derived
from the velocity distribution of the particles (see Lathouwers and Bellan 2001 for a detailed
derivation). The second term, Γiξ = αiρi < Ri,ξ > is the average mass source arising from the
pyrolysis reactions.

Thermal energy:

The thermal energy equation for the gas phase is

(αρCp)g
Dg "Tg
Dt

= ∇ · αgλg∇"Tg +%
i

6$αiλg
d2i

Nui("Ti − "Tg)+%
i

)
Γs→gtar (C

tar
p
"Tb − Cp,g "Tg) + Γs→ggas (C

gas
p
"Ti − Cp,g "Tg)* . (17)

The Þrst term on the right hand side is the thermal conductive ßux where λg is the thermal con-
ductivity. The second term represents the heat exchange with the particles by conduction and
convection; Nui denotes the effective Nusselt number associated with this transfer. The Þnal col-
lection of terms is the excess enthalpy ßux entering the gas phase carried by the gaseous products
leaving the particles, where it is assumed that the vapor products leave the particle at its mean
temperature. Γs→gtar , and Γs→ggas denote the averaged mass transfer rates of respectively, tar and gas.
More details concerning the derivation of the latter term are given in Lathouwers and Bellan 2001.

In obtaining relevant Nusselt relations for this situation, it is assumed that the particle temperature
is uniform, i.e. the resistance to heat transfer is mainly in the gas-phase. This assumption is
consistent with those used to derive the continuum theory, as the state variables of the particles
include their mean temperature only, i.e. no information on the internal temperature distribution



is available. Implicitly, the Biot numbers are assumed small (Bi = hidi/λi, where hi is the gas-
particle heat transfer coefÞcient). In the present case, the Nusselt number is given by the single
particle Nusselt relation, multiplied by a correction factor, Fbl, accounting for the effect of mass
transfer on the heat transfer rate, i.e.

Nu = Nu0Fbl(Rebl, P rg). (18)

The formulation used here for the blowing factor is that taken fromMiller et al. 1999 and was also
given by Gyarmathy 1982 where the factor depends on the �blowing Reynolds number�, Rebl =�
m/πdiµg,

Fbl =
PrgRebl/2

ePrgRebl/2 − 1 . (19)
To calculate Nu0, we use the standard Ranz correlation

Nu0 = 2 + 0.66Re
1/2
i Pr1/3g . (20)

The Þnal enthalpy equation for each solid class is

(αiρCp)i
Di "Ti
Dt

= ∇·(αiρiCp,iDii∇"Ti)+6$αiλgd2i
Nui("Tg−"Ti)+αiρi < Qr,i

mi
> +αiρi <

dmi

dt

(hv − "hi)
mi

> .

(21)
As in the case of the solid species equations, the diffusive transport of heat has been modeled
through a self-diffusion coefÞcient. The second term on the right hand side is also present in the
gas phase equation, and was discussed above. The term αiρi < Qr,i/mi > denotes the source due
to thermal radiation processes. A similar term is not present in the gas phase equation because at the
temperatures of interest, the gas may be considered transparent. This radiative source is modeled
through knowledge of the absorptivity, κai, and of the radiation intensity within the domain. In the
present model, the radiation intensity is calculated on the basis of a six-ßux method; more details
may be found in Lathouwers and Bellan.2001 With the calculated radiative intensities, the sources
in the thermal energy equations of the solids are given by

αiρi <
Qr,i
mi

>= −4πκai(Ibbi − Ix + Iy + Iz
3

) (22)

with the black body intensity for class i given by Ibbi = σBT
4
i /π where σB is the Stefan Boltz-

mann constant. The absorption and scattering coefÞcients (required within the six-ßux method)
are calculated in the optical limit where the efÞciency factors for absorption and scattering equal
unity, i.e.

κai = κsi =
3

2

$αi
di
. (23)

The Þnal term on the right hand side of eq. 21 is exactly equal to the total average heat of reaction
of all reactions taking place in the particle (both solid to solid and solid to gas).

Granular kinetic energy:

The transport equation for the granular temperature of each particle class is

3

2
[
∂(αρΘ)i
∂t

+∇ · (αρ"uΘ)i] = −Σi : ∇"ui −∇ · qi + γi + 32ΓiΘi. (24)



The Þrst term on the right hand side of eq. 24 is the production of kinetic energy of the ßuctuations
due to shearing of the solid phase. Note however, that only collisional stresses contribute to this
term whereas frictional terms are deleted, inherently assuming that the frictional work is directly
converted to thermal internal energy. qi is the average �heat ßux� both due ßuctuations in the
velocity of the particles and through collisions. Both like and unlike particle collisions contribute
to this ßux. The source term, γi, represents the effects of energy redistribution among particle
classes and the dissipative effect of inelastic collisions. This term is also composed of contributions
between like and unlike particles. The effect of mass transfer is contained in the last term of eq.
24. The effects of the carrier gas have been neglected in this equation, which is warranted by the
fact that the particles of interest are relatively heavy. That is, velocity ßuctuations in the gas phase
do not affect the particle velocity too strongly. Furthermore, in the dense systems here of interest,
the ßuid mechanics is dominated by collisional effects, not by the turbulence of the carrier gas.
Closure for the collisional source and ßux are provided below.

Collisional and kinetic contributions

The above model describes a particle mixture in a gaseous carrier using conservation equations
for mass, momentum energy and granular temperature of each solid class. These multiple-class
equations describe the independent accelerations of the species, as well as momentum and energy
exchange between solid classes. Several terms in the transport equations have already been mod-
eled, such as transfer related terms. We have purposely left other terms in the equations so far
unspeciÞed in order to discuss their origin and closure. SpeciÞcally, collisional and kinetic sources
and ßuxes and their related transport properties are discussed in the present section.

In principle, the single particle distribution functions are solutions of Boltzmann type equations,
however, they are difÞcult to obtain in situations when the phase space includes many variables
(mass fractions, temperature, etc.). Therefore, it has been assumed that the velocity distribution
function for solution of the hydrodynamic problem can be obtained without incorporating the ex-
plicit effect of the thermochemistry. The hydrodynamic problem is then basically decoupled from
the thermochemistry as far as the velocity distribution is concerned, and the velocity distributions
may be obtained by similar techniques as are used in a non-reactive ßow, taking into account the
mean evolution of, for instance, the particle mass.

Therefore, the single particle distribution function is assumed to be Maxwellian, i.e. the lowest
order approximation to the Boltzmann equation in the absence of dissipative effects

f
(1)
i (x, ci, t) =

ni
(2πΘi)3/2

exp[
−(ci − "ui)2

2Θi
]. (25)

This is a good approximation when the ßow has small spatial gradients, the collisions are nearly
elastic and the particles are sufÞciently heavy (i.e. the time between collisions is much smaller
than the particle relaxation time; the particle-ßuid correlation is small). The integrals require
speciÞcation of the radial distribution function at contact, hik(r), accounting for the effects of
excluded area and particle shielding on the spatial distribution of colliding pairs. The form of the
radial distribution function is taken from Jenkins and Mancini 1987, slightly adjusted to prevent
overpacking of the solids, αmax being the maximum allowable solids volume fraction.

hik =
1

1− $α/αmax + 6 σiσk
σi + σk

ξ

(1− $α/αmax)2 + 8
+
σiσk
σi + σk

,2
ξ

(1− $α/αmax)3 . (26)



Here ξ = 2π/3
&
niσ

2
i where σi denotes the radius of a particle of class i.

The present study is targeted towards dense systems where the drift between particle classes is
small. Therefore, the collision integrals are approximated by assuming that the relative velocity
∆uik = ui − uk, is small compared to the square root of the sum of the granular temperatures,
(Θi+Θk)

1/2. This signiÞcantly simpliÞes the calculation of the required integrals, and furthermore
should not affect the applicability of the equations for our purposes. A more detailed discussion
may be found in Lathouwers and Bellan 2001.

Using the above distributions and neglecting products of the spatial gradients, products of (1 −
eik) with spatial gradients, and products of ∆uik with the spatial gradients, yields the following
constitutive equations for φi, Σi, qi, and γi

φi =
%
k

Fik

-
4

3

√
2π(Θi +Θk)

1/2("uk − "ui) + π
3
σik(Θi +Θk)∇ ln ni
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.
(27)

Σi = nimiΘiI+
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.
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qi =
%
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/
κiki ∇Θi + κkki ∇Θk

0
(29)

γi =
%
k

−2
√
2πFik(Θi +Θk)

1/2 {2(MiΘi −MkΘk) +Mk(1− eik)(Θi +Θk)} (30)

where Fik = ninkmiMk(1 + eik)hikσ
2
ik. The indices on the viscosities and conductivities are

arranged as follows, the subscript i indicates the relevance for class i, the Þrst superscript labels
the pertinent velocity gradient, and the k superscript denotes the collisions with particles from class
k. The pressure and transport coefÞcients are

pik =
1

3
πninkmiMk(1 + eik)hikσ

3
ik(Θi +Θk) (31)
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κiki =
1

3

√
2πninkmiMk(1 + eik)hikσ

4
ik(Θi +Θk)
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κkki =
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√
2πninkmiMk(1 + eik)hikσ

4
ik(Θi +Θk)

1/2(MiΘi/Θk). (35)

The terms in φi represent solid-solid drag and ordinary diffusion, respectively (thermal diffusion
has been neglected). The stress tensor depends on the shear rates of all solid classes where the
shear viscosities arise entirely from collisions, not from streaming; this is a result of the Gaussian
approximation. Similar remarks hold for the heat ßux vector. Recently, Manger 1986 has pre-
sented similar closure relations for binary mixtures. For coding purposes, the shear rates of both
phases are assumed equal (small drift) so that the actually used viscosity equals the sum of sev-
eral contributions: µi =

&
k µ

ik
i + µ

kk
i . A similar procedure has been used for the conductivity.

This procedure renders the resulting equations coupled only through algebraic, rather than also
differential, terms and thus makes the code more computationally efÞcient.



Auxiliary relations

The hydrodynamics of the system strongly depends on the mass of the particles in each class.
Very light particles, for example, tend to be blown out of the bed by the carrier gas while heavier
particles are more difÞcult to ßuidize. Due to solid conversion to gaseous products, the mass
of biomass particles decreases as time progresses. Therefore, one must simultaneously consider
both freshly fed biomass as well as fully converted, nonreactive waste particles. To account for
this spatial-temporal effect, the following transport equation for the mean particle mass of each
reactive solid is solved:

∂(αρm)i
∂t

+∇ · (αρ"um)i = ∇ · αiρiDii∇mi − 2Γimi. (36)

This equation states that mass is convected along the mean velocity while mass transfer effects
portrayed by the Þnal term in the equation, cause a reduction in the mass. The diffusion term is
analogous to those already encountered in the species and energy equations and reßects the effect
of velocity ßuctuation on the mixing of the solids.

In the above model, conversion of αi to $αi and vice versa is performed through knowledge of the
solidity of the porous particles which can be related to the average species mass, mi, the particle
volume, Vi (considered constant), and its composition

ηi =
mi

Vi

%
ξ

"Yξ
ρξ
. (37)

The model contains many average reactive sources. These averages are all evaluated at the average
temperature and mass fractions. For example, the mass exchange rate is evaluated as

Γi = αiρi
%
ξ

"Rs→gi,ξ = αiρi
%
ξ

Ri,ξ({"Y }, "Ti) (38)

where {"Y } denotes any pertinent combination of the set of species mass fractions and where only
solid to gas reactions need to be considered. Although this procedure neglects correlations between
particle temperature and the mass fractions, these approximations are not very restrictive since the
reaction rates are Þrst order with respect to the species, and therefore do not exhibit the stronger
nonlinearity normally associated with second or higher order reaction rates.

Finally, transport properties are required, such as the speciÞc heats (both gas and solids) and ther-
mal conductivities (gas only). These are calculated from a mass-weighted average of the individual
species properties. Considering φ to be one such general property, its average is then computed
from φ =

&
ξ Yξφξ. An exception to this procedure is in the calculation of the average particle

density, 1/ρi =
&

ξ Yi,ξρξ.

Initial and boundary conditions

Initial conditions are speciÞed corresponding to the standard ßuid bed shown in Fig. 1. The ßuid
bed is initially at rest, having speciÞed the velocities of all phases to be null; the granular energy
is set to a small number, typically 10−7m2/s2. To induce bubbling, several void areas are created
at the bottom of the bed by setting the void fraction to unity in speciÞed computational cells.



Practically, there are three such regions distributed on the x axis, at locations corresponding to
cells 5-7, 18-20 and 30-32. Areas are then created by making these regions 5 computational cells
high in the y direction. The effects of the initial conditions survive a minute fraction of the total
physical time and do not affect the statistical behavior of the ßuid ßow.

Inßow conditions are speciÞed to reßect realistic conditions corresponding to bubbling ßuidization;
at inlet sections, the volume fractions and velocities are speciÞed together with the temperatures of
all phases and the composition of the gas phase and biomass particles, depending on the pertinent
feedstock used. The initial temperature of both sand and gas in the domain is set equal to the inlet
temperature of the ßuidization gas. Hence, it is assumed that the ßuidization gas has preheated
the sand, even though initially the sand bed is stationary. This does not affect the calculation of
product yield, as we are interested in the asymptotic (i.e. long time) behavior of the reactor; that
is, long after which a statistically steady ßow Þeld has emerged.

Along solid walls, no-slip conditions are applied for the gas phase ("ug = 0), whereas the solids
are allowed to slip freely (∂"ui,t/∂n = 0, where n is a unit normal and the subscript t denotes
tangential). Zero-ßux boundary conditions are imposed for the solids thermal energy equations,
consistent with the energy transfer in particle wall collisions being negligible. As the thermal
boundary layers along the wall are not resolved, a similar condition is imposed for the gas phase.
Boundary conditions for the thermal radiation model have been detailed by Zaichik et al. 1997 and
have been stated in Lathouwers and Bellan 2001 for the speciÞc application of the ßuidized bed
rector.

At outlets, Neumann conditions are speciÞed for all variables except for the velocity component
normal to the outlet plane which is calculated using a prescribed atmospheric pressure at that plane.
Solids are inhibited to exit the domain, simulating a Þne solids-Þltering grid.

Numerical procedure

Spatial discretization of the governing equations is based on a Þnite volume technique using a
staggered grid. All convective ßuxes are approximated with a second-order accurate bounded
TVD-scheme avoiding the excessive numerical diffusion associated with the Þrst-order accurate
upwind scheme. The time discretization is based on a backward Euler scheme in combination with
a pressure-correction technique with a time step adjustment procedure. The momentum equations
of all phases are solved in a coupled manner, though separately for each velocity direction. Com-
pared with the well-known Partial Elimination Algorithm (PEA), the present approach is more
general (see Lathouwers 1999 for more details on full-Þeld coupling and multiphase pressure cor-
rection algorithms). The species and energy equations constitute a strongly coupled, stiff system of
equations. To avoid very large linear systems arising from (the necessarily) implicit discretization,
a time splitting is used (Strang 1968) for the combined species and energy system consisting of
three steps: (i) performance of a half convection-diffusion time step, (ii) time integration of the
equations over a full time step with only the source terms present (reaction terms, radiation, etc.),
(iii) performance of another half convection-diffusion time step. The advantage of this split scheme
is that during steps (i) and (iii), the equations are decoupled into standard convection-diffusion sys-
tems which are easily handled, whereas in step (ii) there is no spatial coupling. The stiff integration
in step (ii) is performed by using either the well-known stiff integrator VODE (Brown et al. 1989).
All sparse linear systems arising from the discretization of convection-diffusion systems are solved



Reaction A(1/s) E(J/kmol)

Kc
1 2.8 · 1019 242.4 · 106

Kc
2 3.28 · 1014 196.5 · 106

Kc
3 1.30 · 1010 150.5 · 106

Kh
1 2.10 · 1016 186.7 · 106

Kh
2 8.75 · 1015 202.4 · 106

Kh
3 2.60 · 1011 145.7 · 106

Kl
1 9.60 · 108 107.6 · 106

Kl
2 1.50 · 109 143.8 · 106

Kl
3 7.70 · 106 111.4 · 106

K4 4.28 · 106 108 · 106

Table 1: Rate constants and activation energy for the biomass pyrolysis kinetics scheme. The
char formation ratios for reactionK3 are: Xc = 0.35, Xh = 0.60, and X l = 0.75.

with preconditioned Krylov methods (Conjugate Gradient (CG) for the pressure Poisson equation
and Generalized Minimum RESidual (GMRES) for the other transport equations; see e.g. Barrett
et al. 1994).

All computations have been performed on a 40 × 148 uniform grid (x and y directions respec-
tively). Runs have been performed in parallel (although the code is serial) on a SGI Origin 2000
supercomputer. Simulation of 5 seconds of physical time requires approximately 250 hours of
CPU time per run.

Biomass particle pyrolysis in a ßuidized bed reactor

Among the pyrolysis reactor designs investigated for commercial production of condensable tars
from biomass, the ßuidized bed reactor is potentially efÞcient due to the high particle heating
rates that can be achieved (e.g. Scott et al. 1999) and its excellent mixing properties, assuring a
reasonably uniform product quality. As stated above, a further interesting feature of this type of
reactor is that char does not accumulate in the bed, but is elutriated with the gas ßow instead, after
which it may be Þltered out, making the reactor very suitable for continuous operation.

Although the process has received considerable attention experimentally (e.g. Scott and Piskorz
1982, 1984), currently there are no fundamental theoretical analyses available, addressing simul-
taneously all physico-chemical processes in the reactor. Most of the work to date related to ßu-
idized bed reactors has focused on single-particle pyrolysis in a gas stream which requires a priori
knowledge of ambient gas ßow parameters, its temperature in particular (Miller and Bellan 1997,
Di Felice et al. 1999).

Below, we present quantitative results from numerical simulations based on the detailed mathe-
matical model above, and we address the issues of tar collection efÞciency and the potential for
scale-up of the process.

Detailed physico-chemical parameters of biomass pyrolysis

The kinetics scheme of the present biomass pyrolysis model was already presented in Section 2.
All of the pre-exponential constants A, and the reaction�s activation energy, E, are tabulated in



Specie W (kg/kmol) Cp(J/kgK) λ(J/msK) µ(kg/ms) D(m2/s)

N2 28.013 1120.91 5.63 · 10−2 3.58 · 10−5 8.52 · 10−4
Gas 30 1100 2.577 · 10−2 3.0 · 10−5 1.1 · 10−4
Tar 100 2500 2.577 · 10−2 3.0 · 10−5 1.1 · 10−4

Table 2: Property values for the gas phase species. The properties for nitrogen are taken at
T = 800K and p = 100kPa.

Species Cp(J/kgK) ρ(kg/m3)

Biomass 2300 2167
Char 1100 2333
Sand 800 2600

Table 3: SpeciÞc heat and densities for solid species. Biomass refers to both virgin species
and active species.

Table 1 (c.f. Miller and Bellan 1997) and are dependent of the source component.

Due to a lack of more detailed knowledge, the heats of reaction are taken as independent of the
source component. The depolymerization reaction K1 has ∆h1 =0 kJ/kg, reaction K2 is en-
dothermic with∆h2 =255 kJ/kg, and both the char formation and the secondary tar reactions are
exothermic with ∆h2 = −20 kJ/kg and ∆h2 = −42 kJ/kg. All other properties of gaseous and
solid species are listed in Tables 2 and 3, respectively.

Simulation details

A sketch of the simulated geometry and the standard dimensions employed is given in Fig. 1. The
reactor standard size is 0.1m× 0.55m, and it is Þlled with sand only up to a height of 0.163m at
a volume fraction of 0.6 which corresponds to dense packing. The geometry has been chosen to
resemble that used in experiments by Scott and Piskorz 1982, 1984, among others. Although the
real ßuidized bed is a cylindrical vessel, for computational simplicity, the present computational
domain is approximated to be rectangular. In the simulations, the biomass is fed through an inlet
section in one of the side walls, together with an amount of gas, which preheats the biomass during
the feeding process. The center of feed point 1 is located 4.6 cm from the bottom of the bed and
has a height (area) of 1.86 cm; feeder no. 2 has the same height (area) and is located 12.1 cm from
the bottom. In the present simulations, the temperature of the gas used for ßuidization, Tg, is equal
to that fed through the biomass feed section; the inlet temperature of the biomass, Tb, however is
assumed to vary to investigate the effect of biomass preheating. Note that, regardless of the bio-
mass feed temperature, the biomass compositions used at the inlet correspond to those of biomass
that has not pyrolyzed, i.e. it is assumed that the residence time in the feeder is short (no apprecia-
ble biomass conversion) while the effective heating of the particles is as efÞcient as required (by
specifying the required temperature). To vary the cellulose/hemicellulose/lignin proportions of the
feedstock, bagasse, olive husk, maple, and oak are used in the simulations. The initial biomass
composition of these biomass types are given in Table 4.

To investigate scale-up of the system, both proportional scaling and non-proportionally scaled
ßuidized beds have been explored. A summary of all simulations performed is listed in Table 5.



Feed cellulose hemicellulose lignin
bagasse 0.36 0.47 0.17
maple 0.40 0.38 0.22

olive husk 0.22 0.33 0.45
oak 0.35 0.40 0.25

Table 4: Initial biomass composition by mass fractions (see Miller and Bellan, 1997).

The diameter of the sand and biomass particles is varied from 0.5 to 1.0mm, which are common
values in practical operation. Biomass particles are assumed to have an initial porosity of 0.7 (c.f.
Miller and Bellan 1997) and the biomass feed ßux is constant and has a value of 0.5 kg/m2s (when
two feed points are used, the ßow is equally split between feed points). The gas velocity through
the feeder is 0.5m/s, while the gas ßow used for ßuidization of the mixture is varied from 0.5 to
0.7m/s and is uniform over the bottom of the domain.

Tar collection efÞciency parameters

The true measure of the reactor efÞciency for the tar production can be quantitatively determined
by comparing global quantities such as the actual mass of tar exiting the reactor (Ωtar) and the
amount still present in its interior (Mtar) to the biomass feed ßow (Mfeed):

Ωtar =

! t

0

!
outlet

(αgρgugYtar) · dAdt# (39)

Mtar =

!
reactor

(αgρgYtar)dV (40)

Mfeed =

! t

0

!
inlet

(αbρbub) · dAdt# (41)

where the subscript b denotes biomass. With these deÞnitions, two measures for reactor perfor-
mance are the yield (η) and the differential reactor efÞciency (DRE), ϑ, c.f. Miller and Bellan
1998:

ηtar(t) =
Ωtar +Mtar

Mfeed
(42)

ϑtar(t) =
Ωtar +Mtar&
ξ(Ωξ +Mξ)

(43)

where the summation is over the species tar, gas and char. These measures quantify the relative
efÞciency of reactor tar production relative to the biomass feed ßow, and the relative proportion of
tar produced compared to gas and char. Similar deÞnitions are used for the reactor performance
with respect to gas and char production.

The above two deÞnitions of tar collection are strongly related in that their values converge at
steady-state conditions (i.e. states reached at sufÞciently long time after reactor start-up) under
certain circumstances. If conditions in the reactor are such that the pyrolysis reaction rate is at
least equal to the feed rate of biomass into the reactor (i.e. sufÞciently high temperature), then
both deÞnitions lead to the same steady-state value. This can easily be shown by considering the
denominators of eqs. 42 and 43,Mfeed and

&
ξ(Ωξ +Mξ), respectively. In the limit, t →∞, the

two terms can only differ by a small amount corresponding to the unreacted biomass, and hence



Run No Tg(K) Tb(K) Feedpoint Feedstock Feedrate Vg(m/s) dp(mm) Scale-factor Radiation
0 750 400 1 bagasse 1 0.5 0.5 1 excl.
1 600 400 1 bagasse 1 0.5 0.5 1 incl.
2 700 400 1 bagasse 1 0.5 0.5 1 incl.
3* 750 400 1 bagasse 1 0.5 0.5 1 incl.
4 800 400 1 bagasse 1 0.5 0.5 1 incl.
5 850 400 1 bagasse 1 0.5 0.5 1 incl.
6 950 400 1 bagasse 1 0.5 0.5 1 incl.
7 750 450 1 bagasse 1 0.5 0.5 1 incl.
8 750 500 1 bagasse 1 0.5 0.5 1 incl.
9 750 400 1 bagasse 1 0.6 0.5 1 incl.
10 750 400 1 bagasse 1 0.7 0.5 1 incl.
11 750 400 1 olive husk 1 0.5 0.5 1 incl.
12 750 400 1 maple 1 0.5 0.5 1 incl.
13 750 400 1 oak 1 0.5 0.5 1 incl.
14 750 400 2 bagasse 1 0.5 0.5 1 incl.
15 750 400 1+2 bagasse 1 0.5 0.5 1 incl.
16 750 400 1 bagasse 1 0.5 0.75 1 incl.
17 750 400 1 bagasse 1 0.5 1.0 1 incl.
18 750 400 1 bagasse 2 0.5 0.5 1 incl.
19 750 400 1 bagasse 3 0.5 0.5 1 incl.
20 750 400 1 bagasse 1 0.5 0.5 2 (pr.) incl.
21 750 400 1 bagasse 1 0.5 0.5 3 (pr.) incl.
22 750 400 1 bagasse 1 0.6 0.5 2 (pr.) incl.
23 750 400 1 bagasse 1 0.7 0.5 2 (pr.) incl.
24 750 400 1 bagasse 1 0.5 0.5 2 (non-pr.) incl.
25 750 400 1 bagasse 1 0.5 0.5 3 (non-pr.) incl.

Table 5: Summary of operating parameters in the simulations performed. The standard con-
ditions are those of Run 3, denoted by a star.

the yield and DRE will have approximately the same value since the unreacted amount of biomass
is negligible. However, if the pyrolysis rate is lower than the biomass feed rate (under sufÞciently
low operating temperatures), then the yield will be lower than the obtained DRE. Thus, the DRE
is an upper limit for the yield obtained at complete steady-state. This relation between the two
collection parameters is noteworthy as it turns out that the DRE reaches a steady-state value earlier
than the corresponding yield parameter.

Results

The model presented in Section 2 is quite complex, and as stated in Section 3, computationally
intensive. It is therefore of interest to examine the effect of simpliÞcations that may be possible,
thereby reducing the CPU time. Lathouwers and Bellan 2000 have already determined that the
collisional and friction models are essential for quantitative predictions of the ßuidized bed hydro-
dynamics. Miller and Bellan 1997 have determined that the biomass kinetics presented in Section
2.1 is the only one capable of accurate predictions for a wide range of operating conditions. The
only model whose importance has not yet been evaluated in the context of ßuidized bed reactors
is that of the multi-particle radiation. Thus, we Þrst assess here the difference between results of
simulations with and without radiation. Once this issue is settled, we present a quantitative study of



various effects on tar collection, focusing on the prediction of the steady-state yield. In particular,
we investigate how the different operating parameters affect it, and whether scale up has a negative
inßuence on tar collection thus inhibiting commercial viability.

Effects of thermal radiation

As outlined in the modeling section, the mathematical model contains a description of thermal
radiative transfer between the hot sand and the cooler biomass particles. Single biomass particle
simulations present in the literature always take gas-particle radiation into account, although com-
pared to the particle-particle radiation heat transfer one may doubt its importance at the relatively
low reactor temperatures used in biomass pyrolysis. At these relatively low temperatures, neither
the rotational nor the vibrational gas modes are excited, and the gas is basically transparent for
thermal radiation.

In order to quantify the effects of including the particle-particle radiation model on the obtained
tar collection, simulations have been performed with and without this model and the results are
presented in Fig. 2. Conditions of these simulations pertain to the standard Run 3. The indication
from Fig. 2a illustrating the tar yield is that there is a distinctive effect on the prediction of this
important quantity. Although the results have not reached their steady-state values, considerable
difference is expected in the predicted values. To further investigate this effect, Figs. 2b and 2c
show the distribution of the biomass temperature at 2.5 s after start-up plotted for the same contour
levels. Although the differences are hard to quantify, in general the contours in Fig. 2c are more
conÞned to the inlet region, indicating shorter heat up times due to additional heat transfer from the
sand to the biomass. The conclusion is that the particle-particle radiation model must be included
for accurate tar yield prediction.

Steady-state tar yield prediction

In a commercial reactor operation, the main interest is in steady-state values of the tar collection
parameters. As already explained, if the pyrolysis rate is high enough to keep up with the feed
rate (as it does in all but the low temperature cases), there is a correspondence between the steady-
state yield and the steady-state DRE. It is, however, difÞcult to determine a priori whether for
given conditions the DRE is an accurate representation of the tar yield. On the other hand, the
present detailed simulations being computationally intensive, it is important to develop a strategy
for predicting steady-state tar yield from short-time simulations. The idea here is to extrapolate the
yield data in a meaningful manner. In fact, in cases where the temperature of the system is too low,
and hence the reaction rate is slower than the feed rate, this is the only manner to obtain the steady-
state values, as the DRE will constitute an over prediction in those situations, as discussed above.
Notably, the yields approach their steady-state value approximately in an exponential way (see
Lathouwers and Bellan 2001). Therefore, the yield data have been here Þtted with an exponential
function:

Y = Y∞(1− e−Ψ) (44)

Ψ = (
t− t0
τ

)s

where the parameters Y∞, t0, τ , and s are to be determined by the Þtting procedure, and Y∞
represents the steady-state yield whose prediction is the present goal. The yield data are Þtted over



a time range, from the start time, ts to the Þnal 5 s. The start time is varied from 1 s to 2.2 s,
between which the yield starts to rise signiÞcantly. For each choice of start time, an optimal set
of Þt parameters is obtained (for Y∞, t0, τ , and s). However, there are two primary uncertainties
associated with this extrapolation process: (i) the yield may not be completely exponential, and
(ii) the variation of the Y∞ for different choices of the start time, ts may introduce uncertainties
in the prediction. To illustrate the effect of a different choice of ts, Fig. 3 shows the tar yield
as a function of time obtained from the standard simulation (Run 3) and 2 exponential Þts with
different ts. Although both Þts appear to Þt the data well in the intended region, their values of the
steady-state tar yield differ signiÞcantly (Þt1: Y∞ = 0.585 ; Þt 2 Y∞ = 0.705). In the subsequent
parametric study, these uncertainties are denoted with error bars. We, however, emphasize that the
existing uncertainty is not a major issue, as in most cases the DRE at 5 s may be approximately
equated to the steady-state yield (except for the lower gas temperatures, or large particles).

Parametric study

The effect of the most important process parameters determining the obtainable tar collection is
here evaluated.

Displayed in Fig. 4a is the yield at 5 s, the extrapolated yield and the DRE, all for the tar, as a
function of the gas temperature. Clearly there is an optimum in all curves at around 750 K. This
temperature is in accordance with experimental data (e.g. Scott et al. 1999) but the exact value of
the optimum will depend on the type of biomass used. Noteworthy is the coincidence of the yield,
extrapolated yield and the DRE at the highest temperatures, which is consistent with the fact that
for these conditions the yield at 5 s appears to be almost steady (see Lathouwers and Bellan 2001).
This coincidence gives conÞdence that the Þtting procedure is valid. For the lower temperatures,
the correspondence between the extrapolated yield and the DRE is still good, indicating that the
extrapolation process is reasonable. Figure 4b shows similar results for char collection parameters.
The general trend is that char collection decreases as the operating temperature increases. At lower
temperatures the correspondence between the extrapolated char yield and the corresponding DRE
is ßawed. This may be due to the fact that in this case the char yield is not exponential as a
function of time, with accompanying uncertainties in the Þtting process. Figure 4c shows that, as
the temperature is increased, the gas formation becomes dominant (c.f. Miller and Bellan 1998; Di
Felice 1999).

Figures 5a, 5b, and 5c show the effect of the biomass feed temperature, the ßuidization velocity,
and the biomass feed rate, respectively. The effects of these parameters on tar collection are found
to be relatively mild, as the slowest time is that of tar formation, which therefore governs the
process. The Þgures do again indicate that in general the extrapolated yields are underpredicted
compared to the DRE. The insensitivity of the short-time tar yield and the DRE to the feed rate,
combined with the timewise evolution up to 5 s shown by Lathouwers and Bellan 2001 represents
strong evidence that at these conditions the tar reactions keep up with the feed rate, and therefore
that the DRE is a good estimate of the steady-state tar yield. This observation is particularly
important when discussing reactor scale-up.

The effect of biomass particle diameter variation is illustrated in Fig. 5d. Note that no extrapolated
values are shown as the curves were found to be far from steady-state (even the DRE values are not
steady). The tar collection decreases strongly with the particle diameter due to a strong increase in



the heat-up time of the particles. However, at steady-state it is expected that the weaker dependence
displayed by the DRE will prevail. Nevertheless, for commercial operation, the particle diameter
should be small so as to reduce heat-up times.

In Fig. 5e the tar collection is depicted as function of the cellulose content of the biomass feed.
The simulations exhibit a slight trend showing that tar collection increases with the cellulose per-
centage, similarly to the previous results of Miller and Bellan 1997. Lathouwers and Bellan 2000
found that contrary to the accepted notion that the tar yield correlates positively with the percent
cellulose, it seems to better correlate negatively with the percent lignin, indicating the importance
of char formation reactions.

The relationship between biomass lignin content and char yield is displayed in Fig. 6 showing
both the char yield and DRE as function of the biomass lignin percentage for the four feedstocks
used. The slight reduction for maple indicates that char formation is not only the result of lignin
content, but is also intimately related to the process parameters, notably the gas temperature and
heat up time. However, the general idea that char formation increases with lignin content seems to
be conÞrmed.

Scale-up

As discussed above, tar collection can be maximized through appropriate choices of the reactor
temperature, and biomass species, amongst others. Once the operating parameters are optimized, it
is of considerable interest to examine whether the ßuidized bed has the potential of reaching similar
tar collection values when operated at a larger scale. However, theoretical/numerical studies with
respect to scale up of ßuidized bed pyrolysis reactors are virtually absent in the literature. A notable
exception is a similar investigation for maximizing tar collection in vortex pyrolysis reactors by
Miller and Bellan 1998. Herein, the effects of reactor geometry and scaling are addressed in order
to assess the industrial viability of the process.

Figure 7a shows the obtained tar yield at 5 s, the DRE at 5 s and the extrapolated tar yield as
function of a proportional scaling factor. Because, as discussed above, the reactor operation is
a very weak function of the biomass feed rate, the pertinent quantity indicating the steady-state
tar yield is the DRE. Basically, both the short-time and DRE tar collection are weak functions
of the scaling factor, conÞrming the ideas outlined above regarding secondary tar decomposition.
To further conÞrm this idea, a non-proportionally scaled ßuidized bed has also been investigated,
where the scaling in the x-direction is the same, but where the vertical size of the bed remains
unchanged. Figure 7b illustrates the results of this comparison, and it can be concluded that similar
results are obtained as for the proportional scaling. Only marginally better scaling is obtained in
Fig. 7b than in Fig. 7a.

Since reactor scaling for pyrolysis applications is particularly inhibited by the associated increase
in gas residence time, τR, and the accompanying tar-to-gas conversion mechanism, τ tar, it is there-
fore important to minimize τR in order to reduce secondary production of gas. To evaluate the
possibility of minimizing τR, with respect to τ tar one may be estimate their ratio deÞned as

τR
τ tar

=
Ly
Vg
Atar exp(−Etar/RuTg) (45)



where the kinetic parameters are those of reaction K4 (tar-to-gas conversion), Ly is the height of
the domain, and Vg is the ßuidization velocity. To prevent secondary gas formation, the goal is
to have τR/τ tar ' 1. Depicted in Fig. 8 is such an estimate for several proportional scale-up
factors as a function of Tg. The curves were obtained from eq. 45 by Þxing Vg = 0.5 m/s and
proportionally varying Ly. If one considers that τR/τ tar ∼ 0.1 represents a threshold above which
tar-to-gas conversion is important, it is clear that only the standard scale reactor can operate close to
the optimal temperature found from the detailed simulations; the larger scale reactors must operate
at a temperature below the optimal one, or incur tar losses before collection. We note that this
standard scale reactor is laboratory, rather than industrial scale.

Finally, two detailed simulations were performed with a higher Vg in a proportionally scaled bed
to explicitly decrease the residence time of the gas while keeping other parameters constant. Only
slight improvements in tar collection were obtained (of the order of 1%), and thus the results are
not shown. This result agrees with the simple estimate provided by eq. 45 where it is clear that
Vg must be proportionally increased with Ly to maintain τR/τ tar constant. Therefore, to optimize
tar collection in industrial scale reactors, it is proposed that the gas ßuidization velocity should be
increased with the reactor height.

Conclusions

A comprehensive mathematical model of ßuidized bed reactors used for harvesting tar from bio-
mass has been presented. The model is based on detailed submodels for the hydrodynamics of
the gas-solid mixture and the biomass kinetics. The submodels were chosen for their ability to
capture the relevant physics. The separately validated biomass pyrolysis kinetics model of Miller
and Bellan 1997 was chosen for its ability to differentiate between the various biomass feeds avail-
able through the use of a superimposed cellulose, hemicellulose and lignin kinetics scheme. The
hydrodynamics model is based on the detailed multiphase model of Lathouwers and Bellan 2001
which is able to describe the dynamics and heat transfer of dense, reactive gas-solid mixtures.
The multiphase ßow mathematical description is obtained from systematic averaging of the lo-
cal instantaneous equations using the kinetic theory of granular ßows in combination with rigid
sphere interaction models explicitly accounting for collisional transfer between the particles. This
model avoids as much as possible heuristic extensions from monodisperse results which are com-
mon throughout the literature. The model was previously qualitatively and quantitatively validated
against experimental data of bubbling ßuidized beds. The combined submodels have been used
herein to investigate the efÞciency of bubbling ßuidized bed reactors for condensable tar produc-
tion from biomass particles by means of pyrolysis. A series of simulations has been performed
in order to assess the inßuence of process parameters on the efÞciency of the reactor, and to in-
vestigate the potential for scale up. The present study appears to be the Þrst in literature where
such a detailed computational study is reported in the context of biomass particle pyrolysis using
bubbling ßuidized bed reactors.

Results indicate that the optimum temperature for a biomass feed consisting of bagasse particles is
around 750 K. The obtained tar collection at this temperature is about 0.7 which is in accordance
with experimental data for various bubbling bed geometries. Higher temperatures give rise to in-
creasing gas collection at the expense of tar. At Þxed particle size, the ßuidizing gas temperature
is the most important process parameter. Results concerning the variation of other major process
parameters, such as the biomass temperature on entering the reactor, feedstock, ßuidization ve-



locity magnitude and the biomass feed rate, indicate that tar collection displays a low sensitivity
with respect to these parameters. To assess the commercial viability of the bubbling ßuidized bed
for pyrolysis applications, scale up of the system has also been investigated. Scaling is found to
have a small adverse effect on the tar collection capabilities at the optimal operating temperature.
Shallow beds scale slightly better than those having large aspect ratios (height/width length ratio).
Using a simple estimate of characteristic times, it is proposed that the ßuidization velocity should
be proportionally increased with reactor height to maintain minimal tar-to-gas conversion at high
reactor temperatures beneÞcial to tar production from biomass.

Nomenclature

A Rate constant 1/s

Bi Biot number −
C Particle velocity ßuctuation m/s

Cd Drag coefÞcient −
Cp Heat capacity at constant pressure J/kgK

c Particle velocity m/s

Dii Self diffusion coefÞcient m2/s

Dξ Gas species diffusion coefÞcient m2/s

di Particle diameter m

Ea Activation energy J/kmol

eik Restitution coefÞcient −
Fbl Blowing correction factor −
Fik Multiplication factor kg/m7

Fr Frictional stress model constant Pa

f Correction factor for drag coefÞcient −
fg Gravitational acceleration m/s2

f (1) Single particle distribution function s3/m6kgK

h SpeciÞc enthalpy J/kg

hik Radial distribution function −



I Radiation intensity W/m2

I2 Second invariant of strain rate tensor 1/s2

K Reaction rate 1/s

L Macroscopic length scale m

Mi Reduced particle mass −
Mξ Total mass of species ξ in reactor kg

mi Particle mass kg

Nu Nusselt number −
n Frictional stress model constant −
ni Number density 1/m3

P (Π) Probability of encountering realization Π −
Prg Gas phase Prandtl number −
p Frictional stress model constant −
ps Scattering phase function −
pg Thermodynamic pressure Pa

Qr Radiative component of particle heat transfer W

q Heat ßux vector J/m2s

qi Collisional ßux in granular energy equation kg/s2

Ri,ξ Reaction rate for phase i for species ξ 1/s

Ru Universal gas constant J/kmolK

Re Particle Reynolds number −
S Strain rate tensor 1/s

T Temperature K

t Time s

ts Start time s



u Velocity vector m/s

Vi Particle volume, including pores m3

Xc,Xh, X l Char ratio formed through reaction of cellulose, etc. −
x Spatial coordinate m

Y Species mass fraction −
W Weight function for gas-particle drag −
Wξ Molecular weight of species ξ kg/kmol

Greek symbols

α Phase fraction with pores included in gas phase −
$α Phase fraction with pores included in particle phase −
Γ Mass transfer rate kg/m3s

γi Collisional source in granular energy equation kg/ms2

∆h Reaction enthalpy J/kg

%i Particle porosity −
ηi Particle solidity −
η Yield parameter −
ϑ Differential reactor efÞciency −
Θi Granular temperature m2/s2

κ Absorption or scattering coefÞcient 1/m

λ Thermal conductivity W/mK

µ Viscosity kg/ms

ρ Density kg/m3

Σ Stress tensor kg/ms2

σi Particle radius m

σB Stefan Boltzmann constant W/m2K4



τR Mean gas residence time s

τ i,12 Fluid particle drag time scale s

τ tar Secondary tar conversion time scale s

φ Angle of internal friction deg.

φi Collisional source in momentum equation kg/m2s2

χ Phase indicator −
Ψ General variable consistent units

Ωξ Total mass of species ξ convected out the reactor kg

Subscripts

a Absorption

b Black body

bl Blowing

g Gas phase

i Phase index

max Maximum value

min Minimum value

s Scattering

v Vapor

ξ Species index

Superscripts

f Frictional
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Figure 1. Schematic of the ßuidized bed.
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Figure 2a. Tar yield obtained from simulations with and without the radiation model, re-
spectively.
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Figure 2b. Biomass particle temperature at 2.5 s from a simulation without radiation taken
into account.
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Figure 2c. Biomass particle temperature at 2.5 s taking radiation into account.
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Figure 3. Example of the short-time tar-yield solution Þts to obtain the steady state tar yield.
This tar yield solution was obtained for following initial conditions: Tg = 750 K, Tb = 400 K,
Vg = 0.5 m/s, biomass particle diameter of 0.5 mm, and bagasse feed stock.
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Figure 4a. Tar DRE, yield at 5 s, and predicted steady state tar yield as a function of the
ßuidization gas temperature.
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Figure 4b. Tar DRE, yield at 5 s, and predicted steady state tar yield as a function of ßuidiza-
tion ßuxes.
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Figure 4c. Gas DER, yield at 5s, and predicted steady state gas yield as a function of the
ßuidization gas temperature.
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Figure 5a. Tar DRE, yield at 5 s, and predicted steady state tar yield as a function of biomass
injection temperatures.
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Figure 5b. Tar DRE, yield at 5 s, and predicted steady state tar yield as a function of ßuidiza-
tion ßuxes.
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Figure 5c. Tar DRE, yield at 5 s, and predicted steady state tar yield as a function of biomass
feed rate.



0.5 0.6 0.7 0.8 0.9 1

dp (mm)

0.2

0.3

0.4

0.5

0.6

0.7

0.8

Ta
ry
ie
ld
an
d
di
ff.
re
ac
.e
ff.
(-
)

Yield at 5 (s)
DRE at 5 (s)

Figure 5d. Tar DRE and yield at 5 s as a function of biomass particle size.
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Figure 5e. Tar DRE, yield at 5 s, and predicted steady state tar yield as a function of biomass
feedstock % cellulose.
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Figure 6. Char DRE, yield at 5 s, and predicted steady state char yield as a function of
biomass feedstock % lignin.
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Figure 7a. Tar DRE, yield at 5 s, and predicted steady state tar yield versus scale factor (1,2
and 3) for proportional scaling.
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Figure 7b. Tar DRE, yield at 5 s, and predicted steady state tar yield versus scale factor (1,2
and 3) for shallow bed scaling.
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Figure 8. Ratio of the mean tar residence time to the tar-to-gas conversion kinetic time for
proportional scaling.
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